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Various hydrodynamic regimes are formed in the trickle bed 
reactor depending on the structure of the packed bed, the 
particle wettability, the fluid physical properties and velocities. 
At moderate liquid and gas flow rates, both phases are continu- 
ous and result in the low interaction or trickling flow regime 
(LIR). In this regime, the gas does not aRect the liquid texture, 
but the external surface of the particles may not be entirely 
wetted by the liquid phase. In the high interaction regime 
(HIR), the flow rates of the phases are usually higher, which can 
lead to one of several possible flow regimes. The pulsing and 
spray flow regimes were observed by Charpentier and Favier 
(1  975), while Talmor (1977) additionally noted the dispersed- 
bubble and bubble-pulse flow regimes. As pointed out by mpny 
investigators, various key parameters such as pressure drop, 
liquid holdup, and heat and mass transfer rates all depend on the 
flow regime that exists in the packed bed. 

A significant amount of research has been performed on the 
measurement of mass transfer properties between flowing liquid 
and solid particles. Generally, two experimental techniques have 
been employed: 1. the dissolution of slightly soluble packing into 
water (Goto et al., 1975; Hirose et al., 1976; Specchia et al., 
1978; Satterfield et al., 1978); and 2. an electrochemical method 
(Chou et al., 1979; Rao and Drinkenburg. 1985). In both cases 
of the LIR and HIR, the mass transfer rate has been found to 
increase always with increasing liquid flow rate. In the LIR, 
however, there is some disagreement in the literature on the 
effect of gas flow rate on the liquid-solid mass transfer coeffi- 
cient. For example, Hirose et al. (1976) found that the gas flow 
rate had no effect, while Satterfield et al. (1978) reported an 
increase of about 10% within the trickling flow regime. Evidence 
to date suggests that the transition from LIR to HIR should 
result in a step increase in mass transfer rate. Accordingly, Rao 
and Drinkenburg (1985) noted a threefold increase when 
entering the pulsing flow regime. Higher mass transfer rates 
could be ascribed, in addition to the obvious influence of the 
higher intrinsic liquid velocities, to the improved wetting eE-  
ciency (Chou et al., 1979) and to the effect of the gas phase on 
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the liquid-solid mass transfer mechanism through the local 
turbulence (Rao and Drinkenburg, 1985). 

One of the main goals of this study was to determine how the 
liquid-solid mass transfer rate is affected by the gas flow in a 
trickle-bed operated in both the low (LIR) and high (HIR) 
interaction regimes. The volumetric liquid-solid mass transfer 
coefficients were measured by means of the dissolution of 
naphthalene cylinders into water. Dynamic liquid holdup was 
measured simultaneously to evaluate the intrinsic velocity of a 
liquid. The liquid-solid mass transfer rates were also studied in 
liquid-full operation. Results from both modes were used to 
determine the fraction of external surface area of packing that 
was wetted in a three-phase system and, consequently, the 
liquid-solid mass transfer coefficient alone. Finally, a single 
correlation for the liquid-solid mass transfer coefficient, valid for 
both the LIR and HIR, is proposed. 

Experimental System 
The experimental system used in this study is described in a 

previous paper by Levec et al. (1986). 
Naphthalene cylinders were prepared from a mixture of 

naphthalene powder that was well mixed with talc and stearate 
(10.8 and 1.2 wt. %, respectively). The 6.1 x 4.7 mm cylinders 
were pressed out with a side crush strength of 15 kg. The 
cylinders were randomly packed in each column segment to 
maintain the bed porosity independent of the bed length. For 
several hours prior to making the experimental measurements, 
they were exposed to high liquid and gas flow rates. After this 
pretreatment in which the surface texture of the cylinders 
underwent a change, reproducible measurements in mass trans- 
fer rates were achieved. 

The solubility of naphthalene in water a t  13°C was deter- 
mined spectrophotometrically to be 29 mg/L at  274 nm. To 
keep the potential for the dissolution of naphthalene between 
25% and 75R, the length of the packing had to be changed 
during the experiments. Properties of the bed and packing are 
listed in Table 1. 
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Table 1. Properties of Column and Packing 

Column diameter, m 
Packing length, m 
Dimension of cylinders 
(dia. x length) 

Before experiments, mm 
After experiments, mm 

Average equivalent diameter, mm 
Porosity of cylinders (Hg porosime- 
try) 
Bed porosity 
Static holdup 
Surface area per unit volume, m ’ 
Column to particle diameter ratio 

0.172 
0.32.0.62 and 1.225 

6.1 x 4.7 
5.9 x 4.5 

5.45 

0.10 
0.31 
0.037 
749 

31 

Dynamic liquid holdups were determined by using the gravi- 
metric method as described in detail by Levec et al. (1986). The 
absorbance of the effluent water was measured simultaneously 
by a UV-detector (Milton-Roy) and reached a constant value 
after 10 to 20 minutes. In a typical run, the gas flow rate was 
kept constant and the liquid flow rate was gradually increased. 
Two runs were also made, each at  fixed value of liquid flow rate, 
while the gas flow rate was increased. The range of operating 
conditions used in this work are summarized in Table 2. 

The volumetric liquid-solid mass transfer coefficients were 
calculated from the following equation 

ABS * 
(1) 

+/ k,a = - A - z I n  ABS* - ABS 

which assumes plug flow of the liquid phase. ABS* and ABS are 
the absorbance of saturated water and of column effluent water, 
respectively. 

In  the present work, the following hydrodynamic regimes 
were identified by visual means and pressure drop measure- 
ments: trickle flow, pulse flow, bubble flow, and dispersed bubble 
flow. Since the column was made of plexiglass, the contours of 
air bubbles were easily observed on a light background of 
naphthalene cylinders wetted by water. 

Results and Discussion 
Figure 1 shows the measured dynamic liquid holdup vs. the 

liquid Reynolds number (Re , ) .  The liquid Reynolds number 
used here is based on the interstitial velocity of liquid and 
hydraulic radius. The various flow regimes observed in our 
experiments are also presented which include the trickling or 
low interaction regime, the bubble flow regime, and the dis- 
persed bubble flow and pulse flow regimes. The latter three are 
collectively considered here to be the high interaction regime. 
For higher values of the gas mass velocity, the transition from 

Table 2. Range of Operating Conditions 

Liquid Gas 
Tap Water Air 

Temperature, O C  13 13 

Liquid Reynolds no., Re, 
Mass velocity, kg/m2.s 0.72 - 43 0.003 - 0.294 

Mod. liquid Reynolds no., Re: 
4.7 - 282 
15 - 600 
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Figure 1. Dynamic liquid holdup as a function of liquid 
Reynolds number and flow regimes visually 
observed in two-phase flow. 

LIR to HIR occurs at lower liquid mass velocity. Our transition 
line at  various gas mass velocities is in close agreement with the 
one obtained by Charpentier and Favier (1975). 

The effect of the gas mass velocity on liquid holdup is rather 
small at low Re, .  As the transition from the LIR to the HIR 
occurs, the gas mass velocity strongly influences the dynamic 
liquid holdup. Increased gas mass velocity decreases dynamic 
liquid holdup. 

Figure 1 also shows that the dynamic liquid holdup is 
influenced by the bed height since longer beds have less holdup 
than shorter beds. The differences are certainly not within the 
experimental errors. The possibility that the flow regime was not 
fully developed in shorter beds is not supported by the experimen- 
tal facts. In contrast, these facts imply that the liquid was more 
evenly distributed in shorter beds. The distributor was visually 
observed to provide an excellent liquid and gas-phase distribu- 
tion at  the top of the bed. Therefore, any channeling and 
maldistribution of liquid, both of which reduce the liquid 
holdup, occurred deeper in the bed. It should also be noted that 
the naphthalene cylinders, with diameter to length ratio greater 
than one, formed an unusual packing structure. This packing 
consisted of many “strings,” in which cylinders touched one 
another by the flat surfaces. These strings probably had the 
greatest contribution on the liquid maldistribution and rela- 
tively low porosity of the bed. 

The measured volumetric liquid-solid mass transfer coeffi- 
cients vs. Re, at different gas mass velocities are shown on Figure 
2. The coefficients increase smoothly with liquid Reynolds 
number over the whole range of operating conditions. No sharp 
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Figure 2. Volumetric liquid-solid mass transfer coefficients as a function of liquid Reynolds number for two-phase flow. 

discontinuity in the k,a values were found when the hydrody- 
namic regime changed in the reactor (see Figure 1 for the 
transition lines). It is obvious that a simple power-law correla- 
tion of the volumetric mass transfer coefficients using this form 
of the Reynolds number is not justified and another approach is 
necessary. 

Figure 2 shows that the gas mass velocity has a noticable 
effect on the mass transfer rate. An increase of gas mass velocity 
(from 0.003 kg/m2 . s to 0.294 kg/m2 s )  increases the volumet- 
ric liquid-solid mass transfer coefficients by 30% in the LIR and 
over 50% in the HIR. An increase in k p  with the gas mass 
velocity was also confirmed in the experiments, where the liquid 
flow rate was kept constant and the gas mass velocity was 
gradually increased. The results of these measurements were 
within 15% of those illustrated in Figure 2. 

In the LIR, our data agree quite well with those measured by 
Goto et al. (1975), while the correlation of Specchia et al. 
(1978) slightly underestimates them. In the HIR, the predic- 
tions of Satterfield et al. (1978) also agree reasonably with our 
results while the correlation proposed by Rao and Drinkenburg 
( I  985) overpredicts the data by about a factor of two. The last 
two correlations employ an energy dissipation function which 
requires the knowledge of pressure drops and liquid holdups. In 
these calculations, a gas mass velocity of 0.294 kg/m2 . s and 
pressure drop data of Lakota (1990) were used. 

In Figure 3, the measured liquid-solid mass transfer coeffi- 
cients are replotted using a modified liquid Reynolds number 
Re: which is based on the intrinsic velocity of the liquid over the 
particles. Using the dynamic liquid holdup data from Figure 1, 
the intrinsic velocity vf was calculated using 

a/ 
v: = 

The new liquid Reynolds number was then defined as 

Ref = - 
hD 

(3) 

where the dynamic liquid holdup hD in Eq. 3 is equal to the bed 
porosity for liquid-full operation. 

Figures 2 and 3 show that the data collapse into one line and 
smoothly increase with Re;  The results have higher scatter a t  
low Re: but this is probably due to the experimental errors 
involved in the dynamic liquid holdup measurements (Levec et 
al., 1986). The transition from LIR to HIR at  different gas flow 
rates occurs a t  a Ref of approximately 160 which is estimated 
from Figure 1. Figure 3 indicates that the gas velocity has no 
significant effect on the mechanism of liquid-solid mass transfer 
as long as the liquid Reynolds number is based on the intrinsic 
velocity of the liquid over the particles. The gas flow increases 
k,u in the trickle bed only through decreasing the dynamic liquid 
holdup. This, in turn, increases the intrinsic liquid velocity. 

In Figure 3, the volumetric mass transfer coefficients from the 
liquid-full operation mode are shown also. At low Re: (up to 
70), these data are higher than the two-phase data indicating 
that the particles in the trickle-bed are not completely wetted. 
To account for the wetting efficiency, a comparison was made 
between the volumetric liquid-solid mass transfer coefficients in 
the two-phase flow to those in single-phase (liquid) flow at  the 
same intrinsic velocity of the liquid 

The results of applying Eq. 4 to the data are illustrated in Figure 
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Figure 3. Volumetric liquid-solid mass transfer coefficients as a function of modified liquid Reynolds number for 
two-phase and single-phase (liquid) flow. 

4. The wetting efficiency increases with increasing liquid mass 
velocity between 0.6 and 1 except a t  the lowest value of the gas 
mass velocity. Experimental errors in h, measurements made 
the data a t  the lowest value of the gas mass velocity unreliable. 
Rather large scattering infw did not allow us to find the effect of 
gas flow on the wetting efficiency. 

The experimental wetting efficiencies are within the range 
reported by Satterfield (1975) and also agree well with the data 
of other investigators. The correlation of Mills and DudukoviC 

- Mills and Dudukovid (l981,82) 

1.0 

Q9 

Q7 

Q6 

Q5 

0.4 

0.3 
0.1 Q2 0.3 0.4 0.5 Q7 

(1981, 1982) seems to be very useful for the prediction of 
wetting efficiency. 

The liquid-solid mass transfer coefficients k,  were extracted 
from the measured k,a using the wetting efficiency f, and the 
following relation 

k.4 k, = - fwal ( 5 )  

where a, is the geometrical surface area of the particles per unit 

2 3 4 5  7 10 

50 70 1 2 3 5 7 l o  20 30 
Re, 

Figure 4. Wetting efficiency as a function of liquid Reynolds number for two-phase flow. 
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volume of the bed. The k, values calculated from the two-phase 
data at low Re: where the particles were not entirely wetted 
(Figure 3) fitted to those obtained in single-phase flow opera- 
tion. So, for the whole range of operating conditions the k ,  vs. 
Ref data can be correlated using simple power-law form: 

Sh 
Sc’f’ 
- _  - 0.487 

provided 15 < Re: G 600 and Sc  = 2216. The mean relative 
deviation (MRD) of 7.2% was found when compared to 81 
points. It is worth noting that the 0.495 power on the modified 
Reynolds number is close to the 0.5 power that would be 
predicted by boundary-layer theory. 
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Notation 
A = column cross section, m2 
a, = total external area of particles per unit volume of bed. m 
D = diffusivity of solute in liquid, m’ . s- ’ 
d, = average equivalent particle diameter defined as six times 

fN = wetting deficiency 
h, = dynamic holdup per unit volume of bed 
k, = liquid-solid mass transfer coefficient, m . s 

’ 

volume to surface ratio, m 

’ 
k,a = volumetric liquid-solid mass transfer coefficient, s 
Re, = liquid Reynolds number, ( @ , / A  c B)(p/p)de(cB/l - tB) 

Re: = modified liquid Reynolds number, Re,eB/hd 
Sh = Sherwood number, (k,/D)d,(c,/l - c,) 
Sc = Schmidt number, (p/pD) 
v : =  intrinsic liquid velocity, defined by Eq. 2, m 1 s 
z = packing length, m 

’ 

’ 

Greek letters 
cR = bed porosity 
p = liquid viscosity, kg . m -  ‘ . s-  ‘ 
p = liquid density, kg . m- ’ 
0, = liquid volumetric flow rate, m’ . s-  ’ 

the 
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